The industrial production of refined sodium bicarbonate is realized in large-scale bubble columns, called the BIR columns. Several complex phenomena exist in these columns, such as three-phase flow, gas-liquid mass transfer of CO 2 , and crystallization. This work deals with the development of an operational BIR column model using the compartmental modeling approach. It is fed by previous works and current studies. A parametric sensitivity analysis is realized to identify the more important modeling parameters and to point the future research that have to be performed. Some simulations results are presented for typical operating conditions of an industrial column.
INTRODUCTION
The refined sodium bicarbonate (NaHCO 3 ) production process is one of the oldest processes of the Solvay group. The NaHCO 3 has numerous applications. It is used as an environmental-friendly technology for the cleaning of a wide range of surfaces or for the neutralization of acids in the flue gas of numerous types of industries. It also solves a lot of everyday problems (cleaning agent, toiletry, food additive...).
The main step of the production process is the dispersion of a gaseous mixture of air and carbonic gas (CO 2 ) in an aqueous solution of sodium carbonate (Na 2 CO 3 ) and bicarbonate. This operation is realized in large size bubble columns (20 m high and 2.5 m wide), called the BIR columns (Fig. 1) , nearly isothermal and composed of a cylindrical core equipped with trays in its upper part and with circulation and degassing loops in its lower part. As pictured in Fig. 1 , the cylindrical core represents the BIR column without the circulation and degassing loops. In its upper part, the trays aim to limit back mixing and therefore to increase the gas-liquid mass transfer. The column is fed at its top with a Na 2 CO 3 /NaHCO 3 brine and an air-CO 2 mixture is injected at its bottom. It is dispersed in the liquid phase under the form of bubbles. The CO 2 is transferred from the bubbles to the liquid phase. This transfer leads to the following chemical reactions in the liquid phase :
CO 2(l) + OH 
These two last reactions create a supersaturation of NaHCO 3 in the liquid, resulting in the continuous precipitation of solid NaHCO 3 in the lower part of the column. The resulting suspension leaves the column at the bottom of the circulation loop.
The circulation loops create an air-lift motion in the lower part to avoid sedimentation of the solid phase. The average sedimentation speed of the solid phase was estimated at 2 cm/s (Haut et al., 2004) , from the experimentally measured solid mass fraction, the Crystal Size Distribution (CSD) and the physical properties of the liquid phase (Hirschauer, 2001) . The slurry flowing through the circulation loops is degassed and the gas returns to the column just below the first tray, driven by the pressure difference between the entrance and the exit of the degassing loop. Therefore, a fraction of gas bypasses the cylindrical core of the column. In the past decades, several optimizations of the BIR columns were performed by empirical approaches. There are nowadays some limits to this approach. A better understanding of the phenomena taking place in the BIR columns is necessary to reach the high levels of purity and the well-defined granulometry required by the new applications of the refined NaHCO 3 . Moreover, despite their large size (in order to increase the amount of transferred CO 2 ), it is observed that the gas phase leaving the columns contains an important quantity of CO 2 : only half of the CO 2 is absorbed by the liquid (the gas phase injected in the columns contains about 40% of CO 2 whereas the gas phase leaving the columns contains about 20 % of CO 2 (Hirschauer, 2001) ). This observation is confirmed by a carbon mass balance between the liquid phase entering the column and the suspension leaving the column (Hirschauer, 
MODEL CONSTRUCTION

Division into a set of compartments
The column is divided into a set of n compartments. Each compartment contains a perfectly mixed liquid phase and a gaseous phase divided into 2 populations of bubbles. Each bubble population is modeled by a plug flow reactor. The lowest compartment contains a perfectly mixed solid phase, which is modeled by a PBE. Inside these compartments and between compartments, mass exchanges occur. A schematic view of the compartmental model is presented in Fig. 2 . The first compartment ranges from the bottom (z = 0) of the column to the first tray (z = H tr, 1 ). The other compartments correspond to the space between each tray, until the top of the column (from z = H tr, 1 to z = H tot ).
In the first compartment, some gas enters in the circulation loops at z = H lp with the liquid and therefore bypasses the central part of the column up to the first tray. Let f l and f s be the gas fractions of the large bubble population and the small bubble population bypassing the cylindrical core, respectively. Let u l be the superficial liquid velocity in the cylindrical core of the column induced by the circulation loops. The solid phase is assumed to be present only in the first compartment, from the bottom of the column (z = 0) until a height H cr between the circulation loop and the first tray. Beyond this height, it is assumed that there is only a gas-liquid mixture. The values of f l , f s and u l are presented in section 3.1.
Between each compartment, a mass transfer of liquid is induced by the global mass flow rate Q and by a back mixing mass flow rate Q r (Haut et al., 2004) . This back mixing flow rate is induced by the ascending gas flow rate. The determination of Q r is presented in section 3.1.
At the level of each tray, the coalescence and break-up phenomena are assumed to be important enough to equalize the CO 2 molar fractions within the two bubbles populations.
The equations of the model are derived from the expression of mass balances on the different compartments. They are either ordinary differential equations (when the gas phase is considered) or algebraic equations.
The equations describing the different mass transfers inside the compartments are presented in the next sections.
Gas-gas exchanges
The equations proposed in this section describes the gas phase evolution with the vertical coordinate z in a compartment. This compartment is numbered i. The bottom z coordinate of this compartment is written ξ i and the top z coordinate is written ξ i+1 .
From measurements of pressure in a column located in Dombasle (France) (Hirschauer, 2001) , it is shown that the gas hold-up in this column is larger than 20% (and smaller than 40%) in the cylindrical core of the column, regardless of the operating point. Following Ellenberger and Krishna (1994) , the gaseous flow in the cylindrical core of the column is then heterogeneous: small bubbles and large bubbles coexist.
Let 1 (z) and 2 (z) be the volume of the large and small bubble populations at the vertical coordinate z, respectively, per unit volume of the cylindrical core of the column. Let d be the volume of the small bubbles per unit volume of the liquid-small bubble mixture. Following the approach of Haut and Cartage (2005) , d is assumed to be constant in the cylindrical core of the column. It can be easily calculated that 1 (z) and 2 (z) in the gas-liquid zone (for z > H cr ) are related by:
Following Ellenberger and Krishna (1994) and Haut and Cartage (2005) , the value of d is close to 0.15.
In the first compartment (i=1), the solid phase in the slurry (for z ≤ H cr ) has an influence on d , which is lower than in the gas-liquid mixture. The volumetric fraction of the small bubbles in the liquid-small bubbles mixture, d, s , in the slurry is calculated from the value of d using the correlation of Krishna et al. (1997) . Adapted for the BIR column, this correlation writes as follows:
where φ is the mass fraction of the solid in the slurry. 
where ρ l,1 is the volumetric mass of the liquid in the compartment 1. It can be demonstrated that, in the gas-liquid-solid zone (for z ≤ H cr ), 1 (z) and 2 (z) are related by:
The expression of the momentum balance leads to the following equations:
in the slurry (z ≤ H cr ) in the compartment 1.
in the gas-liquid mixture (z > H cr ) in the compartment i, with i = 1,...,n.
Following the approach of Haut and Cartage (2005) , the flow of the gas phase contained in each bubble population is modeled as a plug flow and is described by its flow rate. Let N 1 (z) and N 2 (z) be the molar flow rates of the large and small bubbles, respectively, at the vertical coordinate z, divided by the area of the horizontal section of the cylindrical core of the column. The expression of mass balances leads to the following equations:
where T is the gas temperature and R is the perfect gas constant. G 1 and G 2 are the bubble to liquid relative velocities of the large bubbles and the small bubbles, respectively. U l (z) is the superficial velocity of the liquid in the cylindrical core of the column. U l (z) is equal to the superficial liquid velocity u l induced by the circulation loops zone between z = 0 and z = H lp , as defined in section 2.1. Outside this zone (for z > H lp ), U l (z) is negligible compared to G 1 and G 2 . Following Ellenberger and Krishna (1994) , the large bubbles have the shape of a spherical cap and an equivalent diameter of 5-8 cm and the small bubbles have an ellipsoidal shape with an equivalent diameter between 2 and 5 mm. The large and small bubble equivalent diameters, d 1 and d 2 , respectively, are assumed constant in the column. Following Haut and Cartage (Haut and Cartage, 2005) , the bubble to liquid relative velocity of the large bubbles, G 1 , can be related to d 1 by the correlation of Davies and Taylor (Clift et al., 1978) and the bubble to liquid relative velocity of the small bubbles, G 2 , can be related to d 2 by the correlation of Clift et al. (Clift et al., 1978) :
where σ is the surface tension of the gas-liquid interface. The gas phase in the bubbles is an air-CO 2 mixture. Since the air is barely soluble in the liquid phase, only the CO 2 is assumed to be transferred from the gas phase to the liquid. Therefore, the following equation can be written:
where T GL (z) is the number of CO 2 moles transferred from the bubbles to the liquid phase, per unit time and per unit volume of the cylindrical core of the column, at position z. Moreover, it is assumed that the CO 2 is transferred to the liquid phase only from small bubbles (see Fig. 2 ) as their interfacial area density is much larger (about 20 times) than large bubbles. T GL (z) is calculated by equation (49) (in section 2.3). The direct transfer of CO 2 from the large bubbles to the liquid phase is then neglected but the large bubble population takes part indirectly to the global gas-liquid CO 2 transfer. Indeed, as pictured in Fig. 2 , gas transfers occur between the two bubble populations via break-up and coalescence phenomena: from the large bubbles to the small bubbles and from the small bubbles to the large bubbles. In this work, the following approach is proposed. It is slightly different of the approach of Haut and Cartage (2005) .
Let T G, sl (z) be the number of gas moles transferred, at position z, from the small bubble population to the large bubble population per unit volume of the cylindrical core of the column and per unit time. Let T G, ls (z) be the number of gas moles transferred, at position z, from the large bubble population to the small bubble population per unit volume of the cylindrical core of the column and per unit time. A mass balance for the small bubble population leads to the following equation:
As z increases, the gas flux is dilated by the decrease of the pressure and contracted by the gas-liquid CO 2 transfer. As these two phenomena have no reason to compensate each other, the assumption of d independent of z in the cylindrical core of the column (or d, s independent of z for z ≤ H cr ) leads to a net mass exchange between the two bubble populations, that writes as follows:
If F (z) < 0, the gas dilatation is superior to the gas-liquid mass transfer. There is a net mass transfer from the small bubbles to the large bubbles. As each break-up and coalescence phenomenon leads to an exchange of CO 2 between the two bubble populations, an exchange has to be superimposed to F (z). As this exchange depends on the gas amount in each bubble population, it is assumed that this exchange is proportional to the volumetric fraction of the large and the small bubbles (Haut and Cartage, 2005) . This exchange can be written B 1 (z) 2 (z). Therefore, it is proposed to write T G, sl (z) and T G, ls (z) as follows:
If F (z) > 0, the gas contraction induced by the gas-liquid mass transfer is superior to the gas dilatation. Then, there is a net mass transfer from the large bubbles to the small bubbles. The exchange between the two bubble populations due to the break-up and coalescence phenomena is superimposed to F (z). Therefore, it is proposed to write T G, sl (z) and T G, ls (z) as follows:
Let y 1 (z) and y 2 (z) be the molar fractions of CO 2 at the vertical coordinate z in the large and in the small bubble populations, respectively. A balance for the CO 2 in each of the two bubble populations leads to the following equations:
The approach proposed by Haut and Cartage (2005) has been developed on a pilot column with no circulation loops and with no solid phase. In this work, jump conditions have to be expressed in the first compartment at z = H lp , z = H cr and z = H tr, 1 to take into account the presence of the circulation loops and the differences of the gas flow properties between the slurry and the gas-liquid mixture.
At z = H lp , the profile of the total gas flow rate in the cylindrical core of the column along the z coordinate is discontinuous as some gas enter in the 9 circulation loops. The total gas flow rate in the cylindrical core of the column just above the circulation loops is calculated by:
where H + lp and H − lp are the upper and the lower limit of the vertical coordinate H lp , respectively. As mentioned earlier, f l and f s are the gas fractions of the large bubble and the small bubble populations bypassing the cylindrical core, respectively.
are calculated using the jump condition (24) and the equations (8), (11) and (12) 
. The jump condition (24) induces a mass transfer from the large bubbles to the small bubbles. Therefore, the following jump conditions are assumed for the CO 2 molar ratio:
At z = H cr , the gas phase leaves the slurry zone to enter in the gas-liquid mixture zone. The volumetric fraction of the small bubbles in the liquid-small bubble mixture is different between these two zones, but the total molar flow rate is continuous:
where H + cr and H − cr are the upper and the lower limit of the vertical coordinate H cr , respectively.
and 2 (H + cr ) are calculated using the jump condition (27) and the equations (5), (11) and (12) 
. The jump condition (27) induces a mass transfer from the large bubbles to the small bubbles. Therefore, the following jump conditions are assumed for the CO 2 molar ratio: The by-passed gas is reintroduced in the cylindrical core just below the first tray. Therefore, the total molar gas flow rate at z = H tr, 1 is calculated by: (5), (11) and (12) 
Finally, it is assumed that, at the level of each tray (z = H tr, i ), the break-up and coalescence phenomena are important enough to equalize the CO 2 molar fractions within the two bubbles populations. At the level of the first tray, this assumption leads to the following jump conditions y 1 and y 2 :
For the other trays (for i = 2,...,n− 1), it leads to the following jump conditions for y 1 and y 2 : In the i th compartment, the equations (5) or (8), (9) or (10), (11), (12), (15), (22) and (23) are solved from z = ξ i to z = ξ i+1 , using the following boundary conditions at the bottom of the i th compartment (at z = ξ i ):
Solving these equations allows determining the values of p(z), 1 (z),
, y 1,i+1 and y 2,i+1 . These values are used as boundary conditions to solve the equations (5) or (8), (9) or (10), (11), (12), (15), (22) and (23) in compartment i + 1.
Gas-liquid exchanges
In this section, the bubble-liquid CO 2 transfer in the i th compartment is modeled. The bottom z coordinate of this compartment is written ξ i and the top z coordinate is written ξ i+1 . The CO 2 transfer rate is enhanced by the chemical reactions (2) and (3) in the liquid phase. For the conditions in the BIR columns, the reaction (3) is very fast compared to the reaction (2) and the pH is close to 10, in the entire columns. It has been demonstrated in a previous work (Wylock et al., 2008a) that, in the BIR columns, the CO 2 consumption rate in the liquid phase can be accurately modeled by the following pseudo first order expression: The Higbie approach is used. In this approach, the liquid phase in the vicinity of a bubble-liquid interface is seen as a mosaic of liquid elements continuously renewed (Coulson and Rirchardson, 1999) . During their contact time with the bubble, these elements accumulate CO 2 . It is assumed that each element stays in contact with the bubble a same time t C (Danckwerts, 1970; Coulson and Rirchardson, 1999) .
In the Higbie approach, the CO 2 transport in an element in contact with the bubble is modeled by the following equations:
where D CO 2 is the CO 2 diffusion coefficient, x is an axis normal to the bubbleelement interface, pointing towards the liquid bulk, t is the time (t = 0 when the element reaches the bubble interface) and [CO 2 ](x) is the CO 2 concentration at position x in the element.
where h is the dimensionless CO 2 solubility coefficient. The average bubble-liquid CO 2 flux density is then calculated by:
CFD simulations, realized using the COMSOL Multiphysics software, shows (Wylock et al., 2008b ) that the Higbie approach leads to an excellent estimation of the bubble-liquid CO 2 transfer rate for the BIR columns.
The average bubble-liquid CO 2 flux density N CO 2 (z) is calculated using the equation (47) by solving PDE (43) using Laplace transform with the initial condition (44) and the boundary conditions (45) and (46). It leads to the following expression (Wylock et al., 2008a) :
is then calculated by:
where a 2 is the ratio of the interfacial area of a small bubble to its volume. Let T GL, i be the global bubble-liquid CO 2 transfer rate, expressed in moles per unit area of the horizontal section of the cylindrical core of the column and per unit time, in the i th compartment ranging from z = ξ i to z = ξ i+1 . T GL, i writes:
Liquid-solid exchanges
In the first compartment, the NaHCO 3 precipitates. Therefore, there is a mass transfer of Na + and HCO − 3 from the liquid to the solid phase. The solid phase is described by a population balance equation (PBE). Let L be the characteristic NaHCO 3 crystal size and let c(L) be the CSD of the NaHCO 3 crystals, expressed per unit mass of the suspension and per unit of crystal size. A nucleus is supposed to have a size L = 0. As the solid is assumed perfectly mixed between z = 0 and z = H cr , its CSD writes as follows (Randolph and Larson, 1971) :
where G is the growth rate of the crystals (expressed in m/s), J is the nucleation rate (expressed per unit mass of the suspension and per unit time) and τ is the mean residence time of the suspension in the slurry zone (from z = 0 to z = H cr ). The value of τ depends on the height of the slurry zone. It is calculated by:
with ρ susp the volumetric mass of the suspension in the first compartment and is the area of the horizontal section of the cylindrical core of the column.
1,cr and 2,cr are the global gas volumetric fractions of the large bubbles and the small bubbles in the slurry zone. They writes:
The mass fraction of the solid in the suspension φ is calculated by:
where k V is the shape factor of NaHCO 3 crystals. The total liquid-solid HCO − 3 transfer rate, expressed in moles of HCO − 3 transferred from the liquid to the solid phase per unit mass of the suspension and per unit time is calculated by:
where MM NaHCO 3 is the molar mass of NaHCO 3 . Using the equation (55), the equation (56) can be written:
Using the equations (52) and (57), the total liquid-solid HCO − 3 transfer rate, expressed in moles of HCO − 3 transferred from the liquid to the solid phase per unit time is therefore calculated as follows:
Reactions in liquid phase
Assuming that chemical equilibrium is reached for reactions (2) and (3) in each compartment, the balance equations are written for all the dissolved species, taking into account the transfer induced by the global flow rate Q and the back mixing flow rate Q r . The global gas-liquid CO 2 transfer rate (along the height of the considered compartment) T GL, i appears in these equations and the rate of liquid-solid HCO − 3 transfer T LS appears in the equations for the first compartment.
In this section, the balance equations for the liquid phase in the i th compartment are presented. The bottom z coordinate of this compartment is written ξ i and the top z coordinate is written ξ i+1 . Let λ 1,i and λ 2,i be the chemical conversion rates for the reactions (2) and (3) (expressed in moles per unit time) in the i th compartment.
The balance equations write as follows:
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Assuming that the chemical equilibrium is reached in the liquid coming from the compartment i + 1, the two following equations can be written:
is the volumetric mass of the liquid in the compartment i + 1. It is approximated by ρ l,i+1 ≈ ρ l,i . K 1 and K 2 are the chemical equilibrium constants of the reaction (2) and (3), respectively. Their values are referenced in the literature (Vas Bhat et al., 2000) .
Using equations (59), (60), (61), (62), (63) and (64) 
SIMULATION
Modeling parameters
The parameters of the model can be divided in three groups: parameters related to the geometry of the studied column, operating parameters and modeling parameters. The operating parameters specify how the column is operated. The modeling parameters are used in the equations describing the phenomena taking place in the BIR column.
Q and the concentrations in the liquid introduced in the column,
] inj , are operating parameters related to the top of the column. The molar gaseous inlet flow rate Q g,0 , the pressure at the bottom of the column p 0 and the CO 2 molar fraction y 0 of the gas injected in the column are operating parameters related to the bottom of the column. The temperature T is the temperature of the whole column.
Some modeling parameters are calculated using correlations or estimated from data in the literature. Other modeling parameters are estimated either from theoretical studies or experimental measurements or from the analysis of the measurements performed by Hirschauer (2001) on a column located in Dombasle (France).
A numerical value can be given to all the modeling parameters. Therefore, the equations of the model can be solved and the behavior of the model can be studied. A parametric sensitivity analysis is then performed in order to identify the modeling parameters that have the strongest influence on the solution of the equations.
At the level of the division into a set of compartments, the back mixing flow rate Q r is determined from classic tracing experiments realized on an industrial column using a NaCl solution (Haut et al., 2004) for one given inlet gas flow rate Q g,0 . The method is not detailed here. Q r = 15 Q is obtained. The model shows a moderate sensitivity to Q r . Therefore, tracing experiments have to be performed for other inlet gas flow rates. The values of the gas fractions in the degassing loops f s and f l and the superficial liquid velocity u l induced by the circulation loops are estimated by gas-liquid Eulerian Computational Fluid Dynamics (CFD) simulations (realized with Fluent 6.3) and by Particle Image Velo cimetry (PIV) on a lab-scale column (Larcy, work in progress) . These methods are not developed in this paper. The results of these studies allows evaluating these parameters at f l = 0.05, f s = 0.2 and u l = 0.06 m/s. The model is not sensitive to the gas fractions in the degassing loops f s , f l nor u l . Therefore, further studies of these parameters are not necessary.
The model is slightly sensitive to H cr , through its indirect influence on T LS . This height is left as an adjustable parameter of the model at the moment. In the simulation presented in this paper, H cr is arbitrarily evaluated using:
The model is very sensitive to d . It is left as an adjustable parameter of the model at the moment. However, it is known that d is close to 0.14 (Haut and Cartage, 2005) .
Concerning the gas exchange between the two bubble populations due to the bubble break-up and coalescence phenomena, B = 15 mol m −3 s −1 can be estimated from the results of Haut et al. (2004) . The model is not very sensitive to B.
The bubble to liquid relative velocities G 1 and G 2 do not have a strong influence on the model results. They are satisfactorily calculated using the correlations (13) and (14) as functions of equivalent diameters d 1 and d 2 , respectively. d 1 and d 2 are left as adjustable parameters of the model at the moment, but it is thought (Ellenberger and Krishna, 1994; Haut and Cartage, 2005) that d 1 is between 5 and 8 cm and d 2 is between 2 and 5 mm.
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Considering the modeling of the bubble-liquid CO 2 transfer rate, the model shows a sensitivity to the area density of the small bubbles a 2 and the contact time t C . They are left as adjustable parameters at the moment. However, orders of magnitude of t C and a 2 can be calculated using the following expressions:
with d 2 expressed in m. These equations are valid for a spherical bubble in a laminar flow. Correlations are currently in development, using a shadowgraphy method, to express them as function of the small bubble equivalent diameter d 2 , taking into account the ellipsoidal shape of the small bubbles.
The CO 2 solubility coefficient, h, the CO 2 diffusion coefficient, D CO 2 , and the kinetic constant of the reaction (2), k 11 , are calculated as functions of the temperature and the concentrations in the i th compartment using the correlations referenced by Vas Bhat et al. (2000) . The model shows a great sensitivity to these parameters. An accurate estimation is then required. Experimental studies are currently realized, using a Mach-Zehnder interferometer (Wylock et al., 2008a) , to validate the correlations. The method is not further developed here.
Considering the modeling of the liquid-solid transfer, J and G are estimated through the analysis of the data collected by Hirschauer (2001) . The model shows a great sensitivity to the growth rate G but a moderate sensitivity to the nucleation rate J. G and J are left as adjustable parameters of the model at the moment. Correlations between J or G and other parameters or unknown of the models (temperature, supersaturation in the first compartment, mixing conditions) are currently in development (Gutierrez et al., 2008) .
Concerning the chemical reactions, the model shows a weak sensitivity to the reaction (2) equilibrium constant, K 1 , and a moderate sensitivity to the equilibrium constant of the reaction (3), K 2 . They are calculated as functions of the temperature using the correlations referenced by Vas Bhat et al. (2000) .
.2 Simulation strategy
As presented in sections 2.2 and 2.5, the equations of the model are easily solved from "bottom" to "top". In other words, it is straightforward to solve the equations of the model from compartment to compartment, starting with compartment 1.
However, the concentrations in the liquid in the first compartment are unknown. Therefore, a shooting technique is implemented in Mathematica 5.1. Using initial guesses for these concentrations, the equations of the model are solved and the concentrations in the liquid entering the column are determined. These concentrations are then compared with the real concentrations (these are operating parameters), and the initial guesses for the concentrations in the first compartment are adjusted accordingly. This procedure is repeated until the difference between the calculated concentrations in the liquid entering the column and the real concentration gets below given critical values.
Simulation results and discussion
Using the presented set of modeling parameters and for the typical operating parameters of a BIR column located in Dombasle, simulations of the model are performed. The results are presented below in dimensionless form.
Letz be the dimensionless vertical coordinate, defined as: Fig. 3 as a function of the dimensionless vertical coordinatez. As the liquid phase is perfectly mixed in each compartment, there are only changes between compartments.
Moreover, the dimensionless measured concentrations (Hirschauer, 2001 ) of HCO 3 concentrations are well compared to experimental concentrations in the 4 th compartment, but not in the first compartment. This result clearly shows that some parameters require a better estimation or have to be adjusted by comparison with the experimental measurements.
Let˜N 1 and˜N 2 be the dimensionless molar flow rates of the large bubbles and the small bubbles, respectively.˜N 1 and˜N 2 are calculated by dividing N 1 and N 2 by the molar gas flow rate, Q g,0 , injected at the bottom of the column (at z = 0), respectively.
The dimensionless molar flow rates and the CO 2 molar fraction evolutions for the two bubble populations, as a function of the ratio of the dimensionless height of the column, are presented in Fig. 4 . The influence of the bypassed gas fractions by the degassing loop (atz = H lp /H tot ) and at z = H tr, 1 /H tot ) and of the separation between the slurry zone and the gasliquid mixture zone (atz = H cr /H tot ) on the molar flow rate are observed in Fig. 4 -a by discontinuities of the curves. The equalization of the CO 2 molar fraction at the level of each tray (z = H tr, i /H tot ) and the gas transfer from the large to the small bubbles induced by the jump conditions atz = H lp /H tot and atz = H cr /H tot are clearly observed in Fig. 4 -b. Following the simulation, about 50% of the CO 2 injected in the column in gaseous phase is transferred to the liquid phase. It corresponds to what it is experimentally observed. Moreover, the simulated mass fraction φ is about 0.18, what is close to the experimental value (0.2).
The model is therefore operational and these simulation results are thus in reasonable agreement with experimental measurements in the corresponding BIR column of Dombasle, despite the rough estimation of some modeling parameter. This results comparison is promising. The parameters requiring a better estimation or an adjustment by comparison with the experimental measurements, identified by the parametric sensitivity analysis, have now to be further studied.
CONCLUSION AND FUTURE PLANS
The objective of this work is to provide an operational model of a BIR column. A model is developed using the compartmental approach. The structure of this model is based on the approach developed by Haut et al. (2004) .
Some modeling parameters are calculated using correlations or estimated from data referenced in the literature. Other modeling parameters are estimated either from theoretical studies or experimental measurements of from the analysis of the experimental measurements realized by Hirschauer (2001) . Some parameters are left as adjustable parameters for the moment but their values can be roughly estimated. Theoretical and experimental studies are currently realized in order to develop correlations to express some of these
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The equations of the model are solved using the Mathematica 5.1 software, using a shooting method. Simulations are realized for typical operating conditions of an industrial column located in Dombasle (France). The gaseous phase and liquid phase evolutions are computed. These results are in good agreement with experimental measurements, but they have to be validated by comparison with other industrial columns.
A parametric sensitivity analysis is realized to identify the parameters that have the strongest influence on the simulation results. The results of this study are used to point the future theoretical and experimental studies that have to be realized. Especially, accurate correlations to express t C , a 2 , d , Q r , J and G as functions of operating parameters or other modeling parameters have to be developed.
Concerning J and G, models to correlate them as functions of the temperature, the HCO − 3 and CO 2− 3 concentrations and the gas flow rate are currently in development.
In order to improve the modeling of the gaseous phase, two more prospects are proposed.
In this model, the gas phase is assumed perfectly mixed in the horizontal direction. Though there are radial heterogeneities, they are neglected compared to the axial heterogeneity. Only the axial distribution of the average of the gas phase radial distribution in the cylindrical core of the column is considered. The two gas phases are thus modeled as plug flow reactors.
It is possible that it is a too strong idealization of the gas flow. Therefore, the model will be studied using a dispersive plug flow reactor model for the gas flow. The radial heterogeneities of the gaseous phase will be estimated using CFD with a BIR column model (Larcy, work in progress) . These results will be then compared with the current results in order to estimate the error percentage of using a plug flow model for the gaseous phase.
Moreover, a new modeling of the coalescence phenomenon at the level of each tray will be implemented in the gas flow model.
The liquid-bubble water vapour transfer is not taken into account in the current model. This transfer can have an influence on the gas flow and on the CO 2 transfer as the water vapour transfer tends to compensate the contraction of the gas bubbles caused by the CO 2 transfer. The model will be adapted to take into account the liquid-bubble water vapour transfer and simulations will be realized to study the influence of this transfer.
The last perspective, after the accurate determination of the most influential parameters and the modeling improvements, is the validation of the model. This validation will be performed by comparison of the model simulation results with experimental measurements of the HCO − 3 and CO 2− 3 concentrations at different vertical positions, the gaseous phase characteristics at the outlet and the solid phase CSD, for the BIR column of Dombasle and for other BIR columns of Solvay.
The goal of the finalized model is to be used by Solvay as a predictive tool to determine the operating conditions that have to be performed to optimize the quality of the final product and to reduce as far as possible the resource consumptions.
